The oxidation kinetics of a blend of zinc sulphide concentrates in a bench-scale fluidised bed reactor operated in batch regime was studied. The fractional conversion was determined by measuring the SO 2 concentration in the exit gas using a chromatograph. The effects of the initial mass of the blend, airflow rate and temperature on fractional conversion were studied. The initial mass of the blend varied from 45 to 75 g, the airflow rate from 6 to 9 L/min and the temperature from 883 to 1213 K. The time for complete conversion was affected by the molar ratio of O 2 to S fed into the reactor and by temperature. The oxidation reaction was controlled by surface chemical reaction of the unreacted core of the particles. The value of the activation energy, 87 kJ/mole, supports the contention that the reaction was chemically controlled.
INTRODUCTION
The process of zinc production from sulphide ores involves a pyrometallurgical operation, oxidising roasting, followed by leaching of the oxide formed and subsequent extraction of zinc by electrolysis. The roasting of the zinc sulphide concentrate with air can be done in a fluidised bed reactor, operated continuously for high productivity.
Some experimental studies have been conducted with the purpose of studying the kinetics of the oxidation reaction of zinc sulphide (Fukunaka et al., 1976; Natesan and Philbrook, 1970; Gray et al., 1974) . These studies used pellets or particles in fluidised beds. The raw materials used were synthetic agglomerates, pretreated concentrates and natural concentrates. It was shown that the removal of sulphur is affected by temperature and oxygen partial pressure and that the rate-controlling step of the reaction is the diffusion of O 2 through the layer of zinc oxide formed and/or reaction on the surface of the unreacted core of zinc sulphide.
The reaction below, representing the oxidation of zinc sulphide, is exothermic and can be considered irreversible. (1) It is well known that for natural concentrates, reactivity, porosity, morphology and impurities can affect the reaction rate.
In this work, the kinetics of the oxidising roasting reaction of an industrial blend of zinc sulphide concentrates with air was studied using a batch fluidised bed reactor on a bench scale. The fluid dynamics characterisation of the system has already been presented (Queiroz et al.) . The minimum fluidisation velocity determined using a cold model, and the experimental conditions were established with fluid dynamics maps and an analysis of the dynamics of gas bubble growth.
EXPERIMENTAL

Materials
The blend of zinc sulphide concentrates used in this work came from Salavery, Peru. This material was -42 + 100 mesh (162 to 324 µm). Table 1 shows its chemical composition.
Pure nitrogen gas and air supplied by a compressor were used in the experiments after having been dried.
Experimental Procedure
The fluidised bed apparatus shown in Figure 1 consisted of a stainless steel tube (AISI 316) with an external diameter of 48 mm, an internal diameter of 45 mm and a length of 700 mm. A highly porous aluminium oxide plate was used as gas distributor and was placed at the midsection of the reactor. An electric furnace, controlled by a temperature controller coupled with a thermocouple, heated the reactor externally. Due to exothermic reactions, an annulus 200 mm in length and 60 mm in diameter was used to cool the system with air. A U manometer connected at two orifices, one close to the porous plate and the other above the bed, measured the gas pressure drop in the bed. The actual bed temperature was measured by a thermocouple immersed in the expanded bed. A sampling tube was connected at the exit of the reactor.
Weighed amounts of the concentrate blend were fed into the preheated reactor, while a flow of nitrogen was passed through the bed to provide an inert atmosphere. When the reactor reached the desired temperature, the nitrogen flow was discontinued and a calibrated flow of air passed through the gas distributor.
A mass balance of sulphur determined the fractional conversion of the concentrate blend before and after the reaction, measuring the SO 2 concentration in the exit gas with a chromatograph. During the reaction, gas samples were taken from the gas-sampling tube at regular time intervals using a syringe. The remaining gases were treated in a column containing hydrogen peroxide in order to absorb the SO 2 before release into the atmosphere.
The effects of initial mass of the c oncentrate blend, airflow rate and temperature on fractional conversion were studied. The initial mass of the concentrate blend varied from 45 to 75 g, the airflow rate from 6 to 9 L/min and the temperature from 883 to 1213 K. 
RESULTS AND DISCUSSION
The Effect of Fluidising Gas Flow Rate
The effect of fluidising gas flow rate on fractional conversion of the concentrate blend was studied at a temperature of 1213 K, an initial blend mass of 45 g and a mean particle diameter of 162 µm. Figure 2 shows the effect of airflow on conversion.
As expected, the increase in airflow rate produced an increase in conversion. This increase in conversion is related to an increase in the molar ratio of O 2 to S fed into the bed per unit time. It can also be related to the deleterious influence of mass transfer, which is more effective for low flow rates and decreases progressively as the flow rate increases. However, it is known that when a fluidised bed reactor is operated in the turbulent regime, the effect of mass transfer is not very effective (Kunii and Levenspiel, 1969) . The influence of flow rate was evaluated by calculating the amount of O 2 fed into and consumed in the reactor per unit time.
Figure 2:
The effect of airflow rate on fractional conversion of the concentrate blend Figure 3 shows the ratio of the rate of O 2 fed to the rate of that consumed as a function of reaction time. It can be observed in this figure that, for all airflow rates, the O 2 feed rate was higher than the O 2 consumption rate. It can also be observed that the ratio of the rate of O 2 fed to the rate of that consumed is approximately the same for all airflow rates during the first 400 seconds of reaction. This indicates that external mass transfer does not have a significant effect and that the time for complete conversion increases rapidly with the decreasing O 2 feed rate. Figure 4 shows the effect of initial mass of the concentrate blend fed into the bed on fractional conversion. The influence of initial mass was addressed for 45, 60 and 75 g of the concentrate blend at a temperature of 1213 K, an airflow rate of 8 L/min and a mean particle diameter of 162 µm.
The Effect of Initial Mass of the Concentrate Blend
The influence of initial mass of the concentrate blend is related to the height of the bed and the fluid dynamics characteristics of the fluidised bed reactor. In the heterogeneous fluidisation regime (bubbling), the gas passes through the bed, forming a dense emulsion phase, where most of the solid particles are found, and a diluted phase (bubbles), which is practically without solids (Grace, 1982) . In the dense phase the gas flow is homogeneously distributed at a velocity close to the minimum fluidisation velocity.
The remaining gas passes through the bubbles. These bubbles grow mostly by coalescence and rise to the surface of the bed. For small reactors bubble diameter can become as large as the internal diameter of the reactor, resulting in the slugging regime (Kunii and Levenspiel, 1969) . The possibility of slugging is more pronounced for deep beds operating with high gas velocities. Slugging of the bed results in a decrease in the gas-solid contact caused by the bypassing of the gas in the form of bubbles, resulting in a low rate of solids conversion.
The possibility of slugging of the bed for the present system has already been studied (Queiroz et al.) . For the operational conditions used in this work, the possibility of slugging of the particle bed was determined. In addition, the effect of initial mass of the concentrate blend was evaluated as in the previous section. Figure 5 shows the variation in the ratio of the rate of O 2 fed to the rate of that consumed with reaction time for each initial mass used.
Similarly to the runs using different flow rates, the ratio of the rate of O 2 fed to the rate of that consumed is approximately the same for all initial masses during the first 400 seconds of reaction. This indicates that the depth of the bed and gas velocity used do not cause slugging of the bed. Therefore, the variation in initial mass does not strongly affect external mass transfer. It can also be observed that there was no lack of oxygen and that reaction time is solely affected by the molar ratio of O 2 to S at the entrance of the reactor. 
The Effect of Temperature
The effect of temperature on fractional conversion of the concentrate blend was studied at 883, 1013, 1113 and 1213 K, an airflow rate of 8 L/min, an initial mass of concentrate blend of 45 g and a mean particle diameter of 162 µm. Figure 6 shows fractional conversion as a function of time.
It can be observed that the conversion rapidly increases with increasing temperature.
With the objective of determining the ratecontrolling mechanism of the reaction, several models were tested. Figure 8 shows the fitting of the experimental results with the shrinking core model (Kunii and Levenspiel, 1969) with chemical reaction control (topochemical model), described by equation 2. 
where t is the reaction time (s), τ cr is the time for complete conversion (s) and χ ZnS is the fractional conversion of the concentrate blend (-). The rate constants (k r ) for the temperature range studied were determined by equations 2 and 3. Figure  8 shows the lnk r plotted against the reciprocal of the absolute temperature (Arrhenius plot).
The activation energy, calculated from the Arrhenius equation, was 87 kJ/mole. This value is relatively low when compared with the values reported in the literature (Fukunaka et al., 1976; Natesan and Philbrook, 1970) . This result is probably due to characteristics of the concentrate blend such as reactivity, porosity and chemical composition. Nevertheless, the magnitude of the dependence of the reaction rate constant on temperature is sufficiently high to suggest that chemical reaction is the controlling step. 
CONCLUSIONS
The increase in airflow rate to the bed decreased the time for complete conversion of the concentrate blend. The fluidised bed reactor was not affected by slugging, even when deep beds (large initial amounts of concentrate blend) were used. The ratio of the rate of O 2 fed to the rate of that consumed is approximately the same for all initial masses during the first 400 seconds of reaction, indicating that the depth of the bed and gas velocity used do not cause slugging of the bed. The results showed that the time for complete conversion of the concentrate blend was affected by the molar ratio of O 2 to S fed into the reactor and by reaction temperature. The activation energy was 87 kJ/mole, which suggests that chemical reaction on the surface of the unreacted core of the concentrate blend is the controlling step.
